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1. Introduction
The global demand for natural gas has recently increased due to its lower carbon dioxide emission compared to other
fossil fuels such as crude oil and coal [1]. Most of the natural gas resources are sour, the CO, content of about 30%

of these resources ranges from 15-80%, suggesting their great sulfur and carbon dioxide contents [2]. This is
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specifically true in the Middle East, where 60% of the natural gas resources are sour. The consumption of sour gas is
harmful to the environment, necessitating the removal of acidic substances prior to its application [3].

As a fundamental procedure in gas treatment, gas sweetening involves the elimination of acidic compounds such as
CO; and hydrogen sulfide [4, 5]. Various methods exist for natural gas sweetening, including chemical, physical,
biological, ionic, and hybrid solvents for acid gas absorption [3]. Amine-based processes, though widely used due to
their high affinity for sour gas components, have high energy consumption, making optimization crucial [6, 7].
Compared to ammonia, carbonates, and amino acid solvents, amines offer benefits like high absorption efficiency
and easy reclamation but face challenges such as corrosion, thermal degradation, and high regeneration energy [8, 9].
The energy consumption in amine-assisted gas sweetening has been reduced through novel solvent formulations,
process optimization, or equipment modifications [10]. Mono-ethanolamine (MEA) is the most common
alkanolamine due to its high reactivity and low cost, but it has been found to suffer from degradation, corrosion, and
low selectivity for H.S [11, 12]. Muchan et al. [13], found that while all tested alkanolamine compositions reduced
energy consumption, those with more hydroxyl groups showed weaker CO, absorption due to electron withdrawal
effects [13]. Ellaf et al. [14], demonstrated that hybrid solvents, particularly sulfolane and mono-diethanolamine
(MDEA), significantly decreased energy use and costs by 20 and 93%, respectively, making them an environmentally
favorable alternative [14].

In general, systems that involve vapor, such as stripping and rectifying processes, consume a significant amount of
energy. Consequently, numerous energy-efficient technologies have been developed. Notably, heat integration
methods like multi-effect distillation, distillation based on external heat pumps, heat-integrated distillation column
(HIDiC), feed splitting, and other methods like membrane distillation have proven to be successful in reducing energy
usage [15, 16]. The use of a heat integration layout has also been shown to reduce energy consumption and costs by
altering the process steps [17].

Among heat integration methods, those employing mechanical vapor recompression heat pumps (MVRHP), which
include vapor recompression (VRC) and bottom flashing (BF) distillations, are utilized in various industries. In VRC
method, the vapor produced at the top of the distillation column is pressurized again and then directed into the reboiler
to serve as a heat source. This approach to distillation is noted for its simplicity and ease of application. While BF
technique involves reducing the pressure of the liquid collected at the bottom of the distillation column. A portion of
this liquid is then heated and turned into vapor by the heat from the top vapor distillate. Afterward, this vapor is
pressurized and introduced at the bottom of the stripping section. BF distillation requires operation at significantly
elevated pressures [16].

In recent studies, various methods have been investigated to diminish energy usage in the gas-sweetening process.
By introducing two flash columns between the absorption and distillation columns in the standard process, Dai et al.
[17], were able to reduce the operating cost and the energy consumption by 2.2 x 109 kJ.h™ [17]. Long and Lee [18],
also decreased the energy consumption of the process that removes acidic gas compounds by applying a heat pump
system and heat integration to several distillation columns, which resulted in a 62.5% and 45.9% reduction in the

reboiler heat duty and the operating cost, respectively [18].
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Amri and Zahid [19], proposed an improved layout for the sweetening unit which lowered the energy consumption
by 22% by reducing the amine circulation flow. The outcomes also revealed an 18% lower annual cost of the proposed
method in comparison with the initial case [19].

Liu et al. [20], considered three processes of traditional MDE, hydrate-based gas separation, and hydrate-based gas
separation coupling MDEA to sweeten natural gases with high H,S and CO, contents. Their results indicated an
improvement in the separation of sour compounds in addition to lower capital and operation costs due to the reduction
of energy consumption of the solvent recovery unit in the coupled process [20]. Song et al. [7], utilized VRC for
recovering the lost heat in the condensation part of the recovery column. Their findings showed that the designed
process can recover 38.1 MW of the lost heat and reduce the energy consumption to 7.2 MW.

Sahl et al. [21], reduced the energy consumption of the gas sweetening unit in two stages. They first considered
different percentages of sulfinol-M and sulfinol-D and indicated that the solution containing 38% sulfinol-M, 40%
sulfolane, and 22% water could decrease the heat load of the reboilers. The heat load of the reboilers was decreased
by 65% by optimizing the process. Then they presented heat integration layouts such as Absorber intercooling (Al),
lean amine stream split flow (LASSF), rich amine stream split flow (RASSF), mechanical vapor recompression, and
11 combinations of them. They calculated the cost of each layout and the results indicated the LASSF+RASSF
combination was selected as the optimal layout with the lowest production costs (4.6 million dollars) due to reducing
the equipment size such as the heat exchanger [21]. Lian et al. [22], recovered the cold energy of the produced sweet
gas by coupling it to the solvent recovery column to decrease the energy consumption. Then, they utilized a
combination of heat pump and feed splitting in the distillation. Their results indicated a 30%, 19.3%, and 13.1%
reduction in energy consumption, operation cost, and total annual cost (TAC), respectively [22].

Exergy, as a thermodynamic concept, represents the maximum work extractable from a system in equilibrium with
the environment. It is a measure of energy efficiency, identifying where and how much potential work is lost due to
irreversibilities in a process. Exergy analysis is vital for optimizing resource management and maximizing effective
energy use. [23, 24]. Odejobi et al. [25], addressed the exergy analysis of CO» absorption from flue gas and showed
that the heat exchanger, the cooler of the lean amine flow, the rich amine flow, and the stripper had the highest exergy
loss (820516.24MW, 481343.23MW, and 404273.57MW, respectively). They also indicated that heat transfer,
mixing, chemical reaction, and friction in the main units can result in exergy loss [25].

Atsonios et al. [26], considered amine scrubbing, calcium looping (CaL), and air separation unit configurations to
absorb CO, from gas, flue gas, and air, respectively, considering exergy analysis. According to their results, 7.7%
and 1% of the input exergy are lost in the absorption and CO, compression units in the amine scrubbing process,
respectively. Moreover, in the absorption of CO, with MEA solvent, a high MEA/CO, ratio and high MEA
concentration in the lean solvent can increase the efficacy of the process [26].

Feyzi et al. [27], conducted exergy analysis of the CO, absorption process. They enhanced the piperazine content in
the solution to decline exergy loss. Their results indicated a decrease in the total exergy loss from 3.25 to 2.63 MW.
In other words, a 27% decrease in the molar flow of amine reduced the exergy loss, energy consumption, and service
costs by 19, 18, and 25%, respectively [27].

Since the industrial revolution, CO, emissions from gas refineries have become a significant environmental concern

due to the substantial energy required and the resulting high combustion of fossil fuels. Consequently, reducing CO»
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emissions is a critical consideration in the design of chemical processes [28, 29]. Kangrui Nie et al. [30], applied high
gravity technology to CO; capture processes with MEA solvents, enhancing energy efficiency and CO» emission
reduction. This method also improved the absorption rate, equipment size, and mass transfer efficiency compared to
traditional processes at normal gravity [30].

This study aims to present an efficient heat integration method to decrease the energy consumption of the amine gas
sweetening, to this end, VRC and BF methods were employed for heat integration, no study has so far addressed the
use of BF method for sweetening the natural gas with amine. Economic, thermodynamic, and environmental analyses
were considered to compare the efficiency of the mentioned methods with conventional approaches in the gas
refineries. To this end, the two mentioned methods, along with the two common methods, were rigorously simulated

and their energy consumption, TAC, exergy loss, exergy efficiency, and CO; emissions were compared.

2. Case study

The present research explored the process of natural gas sweetening by MEA solvent. When the sour gas and the
solvent enter the first column, CO; and H,S are separated from the sour gas, and the sweetened gas exits from the top
of'the first column. The solvent is recovered in the second column and then returns to the first column. Table 1 depicts

the feed conditions of the sour gas and the solvent.

Table 1. Inlet conditions of the sour gas and the solvent feeds [31]

Feed characteristic Sour gas | Solvent (MEA)
Temperature (°C) 30 30
Pressure (kPa) 3000 5000
Molar flow (kmol.h™) 3888 4377
Methane 0.85 0
Ethane 0.04 0
Propane 0.02 0
i-butane 0.007 0
n-butane 0.006 0
. i-pentane 0.004 0
Mole fraction n—l;)en (ane 0.003 0
Carbon dioxide 0.03 0
Hydrogen sulfide 0.02 0
Nitrogen 0.01 0
Water 0.01 0.8878
MEA 0 0.1122

3. Methodology

Four arrangements of conventional process (CP), heat-integrated process (HIP), VRC, and BF were first simulated
and their total energy consumption, TAC, exergy loss, and exergy efficiency were compared. The applied methods
and equations will be discussed in this section.

Aspen HYSYS V.11 was employed to simulate the processes. The Acid Gas-Chemical Solvents thermodynamic
package was selected, as it is specifically designed for modeling amine-based solvents, including MEA. This package
provides reliable predictions of phase behavior and separation performance, making it suitable for absorption and
solvent recovery simulations. The columns were rigorously solved using the Modified HYSIM Inside-Out solution

method, rather than shortcut approaches.
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3.1. Heat integration

In this paper, VRC and BF methods were used for heat integration of the recovery column.

3.1.1. VRC method

VRC is one of the approaches for the reduction of energy consumption in the distillation column. In this method, the
column temperature rises by enhancing the output vapor pressure, enabling heat exchange from the output vapor at
the top to the output liquid at the bottom. Consequently, this process declines the consumption of hot and cold utilities.
In the VRC method, the vapor leaving the top of the column is transmitted to a compressor where its temperature and
pressure increase. It can heat up the flow exiting the bottom of the column by providing a heat exchanger. Afterwards,
the pressure of the cooled flow decreases by using a throttling valve before it splits into the top product and some
return flow back to the column as the reflux flow. The hot flow leaving the heat exchanger is also divided into the

bottom product and some return flow back to the column as the boil-up flow (see Fig. 1).

Distillate Product=—9

‘Bottom Product=—=
Fig. 1. Schematic representation of the VRC configuration

3.1.2. BF method

BF is another method for heat integration in the distillation columns. In this process, the temperature of the flow
exiting the bottom of the column is declined by decreasing its pressure, enabling heat exchange from the vapor leaving
the top of the column to the flow exiting the bottom of the column. Therefore, this procedure decreases the
consumption of the hot and cold utilities.

In the BF method, the flow leaving the bottom of the column is transmitted to a throttling valve where its temperature
and pressure are reduced. Then, the flow is guided to a heat exchanger where it is heated up by the heat from the
column’s top outflow. The hot flow exiting the heat exchanger is partially separated into the bottom flow and a part
that enters the compressor before being sent back to the column as the boil-up flow. The cold outflow of the heat

exchanger is separated into the top product and a part returning to the column as the reflux flow (see Fig. 2).

3.2. Calculation of total energy consumption
This section discusses the estimation of total energy consumption for the four mentioned methods. In these processes,

the pump and compressor are electricity consumers while the reboiler and condenser supply the required heat of the
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process through hot and cold utilities. As the electricity consumption of the pump is much lower than the compressor,

it was neglected in the estimation of the total energy consumption.

‘ Distillate Product=——>

Feed—9]

)
B

>
=t

Fig. 2. Schematic representation of the BF configuration

Bottom Product—

Eq. (1) is utilized to determine the energy of a process without compressor. Each of the VRC and BF methods has a

compressor that consumes energy; hence, Eq. (2) is used there instead.

0=0+0, (1
0=0+0.+3W,,, )

0 and Q'represent the total energy consumption of the process, while Q. denotes the cold utility, O, is the hot utility,
and Weomp represents the compressor consumption. The compressor efficiency is considered to be 33%, therefore,

factor 3 can be applied to convert the electricity energy of the compressor to heat energy [32].

3.3. TAC calculation
Based on Eq. (3), TAC can be regarded as the sum of operating costs and annualized capital expenses. Thus, both
operating and capital expenses (Cop and Ccap) can affect the value of TAC. In Egs. (4) & (5), the effective factors on

Cop and Ccqp are specified.

TAC = f(C, ,C. )=C +¢ )
o> e @ " Payback Factor

COp = f(CUtility 4 T'cnnd > Zcond * T;eb H Qreb ’ Celect) (4)

CCap = f(P’ HCol 4 DCol 4 AHX 4 Cpump 4 Ccomprexsor) (5)

Economic calculations were conducted based on the equations and costs for capital investment as presented by Sieder

et al. [33]. The details of the economic calculations can be found in the appendix.

3.4. Calculations of exergy loss and exergy efficiency
To calculate exergy loss, the exergy of the mass, heat, and work flows were determined based on Eqs. (6-10). The

exergy loss of each piece of equipment and the entire system can be then calculated according to Eq. (11).
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EX . =FEX, +EX ,t EX ot EX, (6)
T

EX, =00 —?0) (7

EX, =W ®

In Eq. (6), EXstream, EXi, EXp, EXpi, and EX.; indicate the stream, kinetic, potential, physical, and chemical exergies
of the mass flow, respectively. Regarding constant velocity and height in the static simulation, the potential and
kinetic exergies can be neglected. Physical and chemical parts of the mass flow exergy are presented in Egs. (9) and
(10). In Egs. (7) and (8), EXop, O, Ty, T, EXw, and W are the heat flux exergy [kW], the ambient temperature [K], the
output temperature [K], the work exergy [kW], and the power consumption [kW], respectively. All the values of
exergies are expressed in [kKW].

EX,, =(H-H))-T;x(S-5,) 9)

EX,, =Ap, (10)
In which, EX,, H, S, Ho, So, Excn, and Ay, , respectively denote the physical exergy [kW], flow enthalpy [kW], flow
entropy [kW.K'], flow enthalpy at the environmental condition [kW], flow entropy at the environmental condition
[kW.K'], chemical exergy [kW], and the chemical potential difference of the component i in the input and output
flows [kW]. The chemical potential difference shall be considered in the input and output flows of the distillation,

absorption, and flash columns. For mixtures, it can be calculated using Eq. (11).

Alumix = A[{mixing + A é (1 1)
ZEXM —ZEXm +EX,-EX,+1=0=>1= ZEXm —ZEXW +EX, - EX, (12)

In Eq. (11), AHpuixing represents the heat of dissolution or mixing, and AG signifies the change in Gibbs free energy
per mole. In Eq. (12), I,ZEXm ,ZEX

o » EXi, and EX), respectively represent the exergy loss, sum of the input
exergies, sum of the output exergies, and exergies of the initial and secondary states of the system. According to the
above equations, the exergy loss can be found in Egs. (13), (14), (15), (16), and (17), respectively for the conventional

distillation column, the pump or the compressor, the throttling valve, the heater or the cooler, and the heat exchanger.

1= (EX, +0,(-20) = (EX,, + EX, +0.(1-12) (1
1=H,.—HE+TO(Ser—Sl.)+W C (14)
[=H —H_ +T)S.-S) (15)
I=Hl.—He+TO(Sg—S[)+Q(1—%) (16)
I =(H,, + Hy) = Ty(S, +8,) (H.. + H, )+ Ty(S.. +5,.) (7

In which, EXr, EXp, EXp, Tc, T, Hi, Siy, He, Se, W, Q, Hci, Hyi, Sc.e, and Spe , respectively present exergy of the feed of
the distillation column, exergy of the distillate product of the column, exergy of the bottom product of the column,
the temperature of the distillate product [K], the temperature of the bottom product [K], inlet flow enthalpy [kW],
inlet flow entropy [kW.K™'], outlet flow enthalpy [kW], outlet flow entropy [kW.K™'], work of the pump or compressor
[kW], heat duty of the cooler or heater (negative for the cooler and positive for the heater) [kW], enthalpy of the cold
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and hot flows at the input of the exchanger [kW], and entropy of the cold and hot flows at the output of the exchanger
[kW.K'].

Various equations can be used to determine the exergy efficiency. The output-to-input ratio is one of these methods
which has high error [34-37]. For instance, in the throttling valve (opposite to the turbine), the exergy of the fluid is
declined but no work is produced; therefore, the exergy efficiency of the throttling valve is always zero. This result
is not obtained based on these equations. Thus, Eq. (18) should be used to determine the exergy efficiency. The exergy
efficiency can be obtained from the ratio of the useful produced exergy to the consumed exergy.

_ Useful exergy produced in output (18)

ex

Consumed exergy in input

Accordingly, the exergy efficiency of the compressor or pump is depicted in Eq. (19), while the exergy efficiency of
the heat exchanger can be found in Eq. (20).

n _(he_hi)_To(Se_Si) (19)
ex,c hl- _ he
77 — [(he — hl) B ]I)(Se — Si)]mld stream (20)
“e [(h, - he) - ]I) (Si - Se )]hot stream
In which, 77, . ,7,, . » he, e, hi, and s;, respectively denote the exergy efficiency of the pump or the compressor, exergy

efficiency of the heat exchanger, molar enthalpy of the outlet flow [kJ.kmol™'], molar entropy of the outlet flow
[kJ.kmol " K™'], molar enthalpy of the inlet flow [kJ.kmol'], and molar entropy of the inlet flow [kJ.kmol' K™']. Eq.
(20) can be used for the heat exchangers in which the input and output temperatures of the hot and cold fluids are
higher than the ambient temperature. Noteworthy, the exergy efficiency for the throttling valve will be zero according

to the definition.

3.5. Calculation of CO emissions
Ultimately, the CO, emissions of the four processes were determined both thermally and electrically using Eqgs. (21-
23). For the thermal utilities, which include the cooling water for the condenser/cooler and the steam for the
reboiler/heater, the CO» emissions from the steam required for the reboiler/heater are significantly higher than those
from preparing the cooling water, due to fuel combustion. Consequently, the CO» emissions from the condenser or
cooler are considered negligible in all processes. The CO- emissions for the reboiler/heater are specifically calculated
using Eq. (21) [38].

)
emissions, thermal — % x % xa 2D

where QOr.e 18 the required fuel to provide the needed steam in the reboiler and can be obtained based on the Eq. (22).

co, |

NHYV is the net heating value which is considered as 39771kJ.kg", C% represents the carbon content which is
considered 86.5% and a, as the CO, molar mass ratio, is noted as 3.67 [38].

_QProC (h —419))( TFT _Tz)

Fuel — Proc
A’Proc TFTB - TStack

(22)
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In which, Qp,o. refers to the reboiler heat duty [kJ.h™']. Ap,c and /p,oc represent the latent heat and enthalpy of the low
or medium pressure steam (LPS/MPS) in a reboiler [kJ.kg-1]. Ty is set at 25°C as the reference temperature, while the
flame temperature, (Trrp), is at 1800°C, and the stack temperature, (Tswet), is maintained at 160°C. Additionally, the
enthalpy of the boiler feed water is given as 419kJ.kg” when the water is at 100°C [38]. CO, emission rates for

electrical equipment, like compressor, can be calculated according to Eq. (23) [38].

Co, | =51.1[kg.GJ " \xW,,, [GJ.h] (23)

emissions, electrical — omp

4. Results and discussion
This section explains the simulation procedure of the four mentioned processes and compares their results based on

the total energy consumption, TAC, exergy loss, and exergy efficiency.

4.1. Conventional process (CP)

Fig. 3, depicts the simulated CP by amine solvent, in Aspen HYSYS software. In CP, the main feed, i.e., sour gas,
enters the absorption column at the bottom while the solvent (MEA) enters the column from the top. The absorption
column operates at high pressure to improve the absorption of gas components, and the maximum pressure drop of
100kPa is considered for this column. In this column, the top product is the sweet gas (free of CO; and H,S) while
the solvent with the absorbed impurity leaves the bottom of the column. For purification and solvent recovery, the
solvent enters the second distillation column (i.e., solvent recovery column) after reaching the proper temperature at
100 °C (by using a heat exchanger and hot utility). The solvent recovery column operates at atmospheric pressure
where the bottom product leaves the column in the composition the same as the input solvent. This flow after passing
the pump and heat exchanger with cold utility reaches the same temperature and pressure of the input solvent of the
absorption column and can be sent back to the absorption column. Since approximately 99.99% of the solvent is
recovered and returned to the absorption column, no makeup stream is considered for the input solvent in any of the

simulated processes, including CP. The simulation specifications of the CP can be found in Table 2.

Qcol
’ B2-HP.C B2-HP
RCY-1 E-101 P-100
8 Wp.
E Py 52
= D1-Sweet 002.
MEA Gas g2t
ah
= B1- P
Sour 1 SRt Qr2
Gas B1
it T-101

Fig. 3. Process simulation of the CP in Aspen HYSYS

Table 2. CP simulation specifications

Solvent
Absorption column recovery
column
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Total stage 20 20
MEA 1

Feed stage Sour Gas 20 5

Column top pressure [kPa] 4800 101.3

Column pressure drop [kPa] 100 28.7

4.2. Heat-integrated process (HIP)

In the first step, the process design aims to decrease the need for hot and cold utilities outside the columns by heat
integration between the process flows. The bottom products of the absorption and recovery columns require hot and
cold utilities, respectively, to reach the proper temperature conditions. Therefore, either of these two utilities can be
eliminated completely and the other one can be reduced by exchanging heat between these two flows within a heat
exchanger.

This process is depicted in Fig. 4. The heater for the absorption column is eliminated completely and the bottom
product of the absorption column reaches 100°C by absorbing heat from the bottom product of the solvent recovery
column in a heat exchanger. Since the bottom product of the recovery column leaves the heat exchanger at 83.86°C,
a cold utility, as minimal level, is however, required to decrease the temperature to 30°C. Therefore, by doing this,

heater is removed completely and the required cold utility for the cooler is significantly reduced.

E | D2-HI

e D1-Sweet Qc2-HI
MEA-HI Gazkl
B1-HI
S S Qr2-Hl
our — 2.
B1-H-HI
Gas-HI E-102 o
T-102 T-103
B2-HP-HI
m_a
g7 g o1 B2RHI
RCY B2-HP-CC-HI B2-HP-C-HI P-101 BeY.5
Wp-HI

Fig. 4. Process simulation of the HIP in Aspen HYSYS

4.3. VRC method
In this process, the need for cold and hot utilities in the solvent recovery column of the HIP is reduced by the use of
VRC. Based on Fig. 5, the outlet vapor at the top of the solvent recovery column is compressed to 165kPa upon

passing the compressor.
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e RCY-5
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E-106 EF.mz T
o] RCY-6

Wp-VRC

Fig. 5. Process simulation of the VRC method in Aspen HYSYS

Therefore, top vapor of the column reaches temperatures higher than the bottom liquid of the column, and heat can
be transferred between the flows within a heat exchanger. The minimum allowable temperature difference of the heat
exchanger is assumed 5°C (AT*"nin=5). The cooled outlet fluid of the exchanger first passes the throttling valve to
reach the top product pressure, and then enters the flash drum. The separated vapor and liquid phases serve as the top
product and the reflux stream of the recovery column, respectively.

The heated outlet fluid of the heat exchanger also enters another separator; accordingly, the separated vapor phase
supplies the boil-up stream of the recovery column and the separated liquid phase acts as the bottom product of the
column. This product has the same composition of the initial solvent and returns to the absorption column after its
pressure and temperature reach the initial solvent feed conditions. The separators added to the top and bottom products
of the recovery column still require cold and hot utilities, whose values indicate a drastic decrease compared to the

HIP process.

4.4. BF method

In this process, the need for the cold and hot utilities in the solvent recovery column in the HIP is resolved and
declined by the use of BF approach. This process simulation is proposed in Fig. 6. Bottom outlet liquid of the recovery
column, at first, passes through the throttling valve to reach the pressure of 77kPa. Therefore, the temperature of
bottom liquid of the column fell below its top vapor and the top vapor can lose its heat to the bottom liquid within a
heat exchanger. The minimum allowable temperature difference of the heat exchanger was taken 5°C (AT*Pmin=5).
Since the heated outlet fluid of the exchanger is a two-phase fluid, a flash drum is needed to separate its phases as the
first step. The separated phases, vapor and liquid flows, respectively pass through the pump and the compressor to
reach their previous pressure and then they are combined as a mixed flow. Then, the mixed flow enters another
separator to create the bottom product and the boil-up streams. Similarly, the outlet cooled fluid of the exchanger

enters other two-phase separator to form the top product and the reflux streams of the recovery column.
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Fig. 6. Process simulation of the BF method in Aspen HYSYS

4.5. Total energy consumption

The energy consumption of the cold and hot utilities along with the required power of the compressor for each process

is presented in Table 3. Fig. 7 also compares the total energy consumption of the four studied processes.

Table 3. Breakdown of energy consumption (compressor, cold, and hot utilities) for
each studied process

Process | Hot utility (MW) | Cold utility (MW) | Compressor consumption (MW)
CP 80093 80098.7 -
HIP 49070 49065.6 —
VRC 2691 5311.7 2354
BF 1429 3936.7 2545
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Fig. 7. Comparison of total energy consumption among the processes

Based on Fig. 7, all HIP, VRC, and BF managed to reduce total energy consumption of CP process. BF offered the

highest energy saving; thus, BF was known as the optimum process. This result can be chiefly attributed to the drastic

reduction in hot and cold utility consumption.
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4.6. TAC

Table 4 investigates the number of required equipment in the four studied processes. The reboiler, heater, condenser,
and cooler were considered as the heat exchanger equipment. Regarding the decline in the energy consumption in the
VRC and BF methods and the increase in the number of the equipment and capital costs, TACs for the four mentioned
processes were calculated to find the best process with the lowest TAC. The payback factor has been assumed as five
years to annualize the capital investment. Moreover, cost index is obtained based on the chemical engineering plant

cost index journal for 2022 (CE=622.5) to correlate capital costs according to Seider et al. [33].

Table 4. Number of required different equipment in the studied processes
Process | Heat exchanger | Distillation column | Separator | Pump | Compressor
CP 4 2 0 1 0
HIP 4 2 0 1 0
VRC 5 2 2 1 1
BF 5 2 3 2 1

The calculation results of TAC indicate that although BF employs the highest number of equipment, however, it can
offer the highest reduce in the TAC of the CP. In Fig. 8, the TAC decrease percentage compared to the CP is reported
for the HIP, VRC, and BF.
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Fig. 8. Percentage reduction of the studied processes in TAC relative to the CP

As the energy consumption was remarkably lowered in the BF and VRC methods, compared to the CP, the decline
in the TAC of these processes was also significant. Moreover, the lower energy consumption of BF compared to the
VRC resulted in higher decline of TAC in the BF method compared to the others. Therefore, the BF method can be

recognized as the optimal process in terms of TAC.

4.7. Exergy analysis
In this section, the exergy loss calculations were first carried out for each equipment of the four mentioned processes

at 25°C and 1 atm. Then the exergy efficiency (%) was determined for the heat exchangers, pumps, and compressors.
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Table 5 presents the exergy loss of each equipment for different processes; while the exergy efficiency of pump,

compressor, and heat exchanger are listed in Table 6.

Table 5. Exergy loss distribution [kW] across key equipment in the studied processes, in this table separatorl refers to
V-100 in VRC and V-103 in BF, separator2 refers to V-101 in VRC and V-102 in BF, separator3 refers to V-104 in
BF, heat exchangerl refers to common heat exchanger in HIP, VRC, and BF, heat exchanger?2 refers to E-105 in VRC

and E-108 in BF, pump]1 refers to common pumps in all processes, and pump?2 refers to the added pump in BF

e | 7 | F =
E g % % % 2 | 2 o g
= = g 2 2 S = e 2 g g g E 2
g S % 2 = 2 = = g = = = g 5
e 1S =] S S < e B s A = S ¥
= = 7] <
=2 E ; ; (:‘a [115] [115] =) (S
g 5 g g i =
E = o (] [+
=
CP | 9.64e+3 | L.4le+7 | - - - 90.0399 | 1.02¢+3 | - - 35.06 | - - 1.41et7
HIP | -8.30e+2 | 6.60e+6 | - - - - 4.56e+2 | 79.57 | - 35.10 | - - 6.60c+6
VRC | -8.37e+2 | 1.01e+6 | 8.08¢+3 | 1.34e+6 | - - 4.63¢12 | 78.13 | 6.94e+5 | 23.68 | - 2.35¢+6 | 5.43¢+6
BF | -8.36e+2 | 1.01et6 | 3.06e43 | 2.39¢+5 | 4.79¢14 | - 4.62¢+2 | 78.36 | 6.86e+5 | 23.68 | 35.02 | 2.54e16 | 4.56e+6

Total exergy analysis of the four processes was conducted and the processes were compared in terms of total exergy
loss and exergy efficiency. The system range was defined in such a way that the sour gas served as the input flow,

while the sweet gas (distillate product of the absorption column) and distillate product of the recovery column were

considered as the outflows.

Table 6. Exergy efficiency (%) of heat exchangers, pumps, and compressors in the
studied processes, in this table heat exchanger 1 refers to common heat exchanger in
HIP, VRC, and BF, heat exchanger 2 refers to E-105 in VRC and E-108 in BF, pump 1
refers to common pumps in all processes, and pump 2 refers to the added pump in BF

Item | Heat Exchanger 1 | Heat Exchanger 2 | Pump 1 | Pump 2 | Compressor
CP - - 81.37 - -

HIP 82.56 - 81.35 - -

VRC 82.63 86 80.34 - 82.6

BF 82.6 84.94 80.34 81.38 82.48

Furthermore, the heat flux of reboiler and heater were taken as the input flux; whereas heat fluxes of the condenser
and cooler were regarded as the output heat flux. The power consumption of the pump and compressor were taken as
the input work in the exergy analysis. According to Fig. 9 and 10, the BF method as the optimal process managed to

minimize the total exergy loss to 2.5GW and maximize the total exergy efficiency to 0.43%.
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Fig. 10. Comparison of overall exergy efficiency (%) across the four processes

4.8. Environmental evaluation

In this final section, environmental assessments for all processes are presented, focusing on CO; emission rates.
Given that the outlet stream temperatures from all reboilers or heaters equipped in the processes are approximately
111°C, LPS is deemed an appropriate heat utility. Therefore, the values for Ap.. and /p,. in the calculations are
considered for LPS. As indicated in Fig. 11, BF and VRC could reduce the CO, emission of the CP by about 96 and
95%, respectively.
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Fig. 11. Comparison of CO, emissions among the studied processes

4.9. Summary of key findings

Table 7 provides a concise summary of the key findings, emphasizing the advantages of the BF method over the VRC

method based on the results discussed in previous sections.

Table 7. Comparison of BF and VRC methods based on key findings

Parameter BF Method VRC Method Advantage of BF
Energy Consumption 92% reduction vs. CP 89% reduction vs. CP Lower energy demand
Equipment Requires one additional separator and | Requires one fewer separator and No advantage
Requirements pump compared to VRC pump compared to BF

TAC 95% reduction vs. CP 93% reduction vs. CP More cost-effective
Exergy Efficiency 0.43% 0.39% Higher efficiency
Exergy Loss 77% reduction vs. CP 75% reduction vs. CP Lower exergy loss
CO2 Emissions 96% reduction vs. CP 95% reduction vs. CP If\;[i(;;edl;nvnonmentally

5. Conclusion

Natural gas sweetening by amine is a common process in the gas refineries to remove H»S and CO,. Nevertheless,
this process is energy-intensive due to the presence of two extra columns and their heat demand which consequently
makes the process unfriendly for the environment. Therefore, energy optimization of this process is highly required.
The use of an efficient heat integration method can decline the utility consumption rate and process costs in addition
to enhancing the environmental compatibility of the process.

In this research, VRC and BF methods were employed for heat integration of the gas sweetening process by amine
solvent. These two methods were compared with two conventional approaches in gas refineries to determine their
efficiency. To this end, four different processes were rigorously simulated in Aspen HYSYS V.11 software to
compare their energy consumption, TAC, exergy loss, exergy efficiency, and CO; emissions. According to the results,
both VRC and BF methods significantly decreased the TAC, exergy loss, and CO; emission rates of the process as

well as increased the energy saving and exergy efficiency. Since the base process exhibits extremely low exergy
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efficiency due to its high energy consumption, even a moderate improvement in exergy efficiency through heat
integration is valuable.

The BF method exhibited better performance as it declined the energy consumption, TAC, exergy loss, and CO,
emission by 92, 95, 77, and 96%, respectively; while raising the exergy efficiency from 0.01 to 0.43%. This
improvement can be chiefly assigned to the elimination of hot and cold utilities in the amine recovery column.
Although heat integration strategies significantly reduce energy consumption, complete elimination is not achieved,
which limits the extent of exergy efficiency improvement. The VRC method also eliminated the need for the hot and
cold utilities in the amine recovery column; however, its total energy consumption was about 14% higher than that
of BF.

Overall, the BF approach proved to be the most economically and environmentally favorable method. Further
reduction in energy consumption could lead to a substantial increase in exergy efficiency, enhancing the overall

sustainability of the process.

Nomenclature
Acronyms G Gibbs free energy per mole (kW)
BF Bottom flashing H Enthalpy (kW)
HI Heat integration Ho Enthalpy at environmental conditions (kW)
HIDIC Ir}te_l’n al} y heat-integrated Humixing The heat of dissolution or mixing (kW)
distillation column
LASSF Lean amine stream Split flow hproc Enthalpy of stream (kJ/kg)
LPS Low pressure steam HIP Heat-integrated process of natural gas sweetening
MDEA Mono-diethanolamine I Exergy loss (kW)
MEA Mono-ethanolamine NHV Net heating value (kJ/kg)
MPS Medium pressure steam Q Total energy consumption (MW)
MVRHP }Iﬁ z:l;ilg;al vapor recompression Q' Total energy consumption (with compressor) (MW)
PPM Proportion per million Qc Condenser heat duty (MW)
RASSF Rich-amine stream split flow QFuel Fuel energy required for steam generation (kJ/h)
TAC Total annual cost Qr Reboiler heat duty (MW)
VRC Vapor recompression S Entropy (kW.K')
Symbols So Entropy at environmental conditions (kW.K)
C% Carbon content in fuel To Ambient temperature (K)
CP Convent.ional process of natural gas Ters Flame temperature (“C)
sweetening
EX Exergy (kW) Tstack Stack temperature (°C)
EXen Chemical exergy (kW) Weomp Compressor duty (MW)
EXk Kinetic exergy (kW) o CO; molar mass ratio
EX, Potential exergy (kW) Aproc Latent heat of steam (kJ/kg)
EXph Physical exergy (kW) Wi Chemical potential of component I (kW)
EXq Heat flux exergy (kW) Hmix Chemical potential of mixture (kW)
EXstream Stream exergy (kW) n Exergy efficiency (%)
EXw Work exergy (kW) AT Minimum allowable temperature difference in heat
exchanger ("C)
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Appendix A: Economic calculations

Total capital investment evaluations in this research was based on the study of Sieder et al. [33] correlations [33].
The details of different types of utilities and their costs are presented in Table (A.1) [32]. The capital investment of
the heat exchanger in condensers and kettle reboilers were determined by Egs. (A.1) and (A.2), respectively at the
carbon steel tube length of 6 m and pressure of 689kPa. The external area of tube, A, can vary from 14 to 1000m?.
The cost index of all correlations was obtained from the chemical engineering plant cost index journal in 2022
(CE=622.5).

Cops = (CE/622.5)exp{11.4185-0.9228[ In(10.76.4) |+ 0.09681[1n 10.76.4) '} 1)

C =(CE/622.5)exp{12.3310-0.8709[ In (10.76.4) ] +0.09005 n (10.76 4) ] | (A-2)

Concerning shell and tube heat exchangers (in the U shape), the external area of tube, A, varies from 14 to 1000m?
as determined by Eq. (A.3) (minimum temperature approach is 5°C). Both shell and tubes are made of carbon steel.

The expense of heat exchanger in this type was calculated from Eq. (A.4):

49 (A.3)
UAAT
Cyur =(CE 1622.5)exp{11.5510~0.9186[In(10.7639.4)] +0.09790[In(10.7639. A)]*} (A.4)

For pressure values above 689kPa, a pressure factor was utilized as follows:

P T (A5)

F,=0.9803+0.018 £ +0.0017
689 689

P(kPa): 689 < P <13000 (A.6)

Based on the compressor power, two kinds of compressor can be employed: screw compressor for powers below
149kW (<149kW) and centrifugal compressor for powers above 149kW (>149kW) (see Egs. (A.7) and (A.8)
respectively):

= (CE/622.5)F,F, expi{8.2496+0.7243[In(1.341P.)]} for P.<149 kW (A.7)

ScrewCompressor

= (CE /622.5)F,F, exp{9.1553+0.63[In(1.341P.)]} ,for P.>149 kW (A.8)

CentrefugalCompressor
Fp, a gas turbine drive, and Fy,, stainless still material, were assumed 1.25 and 2.5, respectively. Egs. (A.9) and (A.10)

were employed to determine pump cost considering simplest type of cast iron.
S=0(H)” (A.9)
C, =(CE/622.5)exp{12.1656 —1.1448[In(S)]+0.0862[In(S)]*} (A.10)

The expense of vessel in vertical columns was determined based on its weight (W) in Eqs. (A.11-A.12). D; is the

vessel inside diameter [m], L is the tower height [m], and Py is the column design pressure [kPa]:

C, =(CE/622.5)exp{1o.5449—0.4672[1n(W)]+o.05482[1n(W)]2} (A.11)

A.12

W:ﬁ[DI. x39.37+%J(L><39.37+Di %31.5)0.284x ¥ D (A12)
593-0.03P, 2088 —0.1P,

P = exp{0.60608 +0.91615[ In(Px0.145) |+0.0015655 In (P 0.145)]2} (A13)
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Cost of carbon steel sieve trays were determined by Egs. (A.14-A.16) in which Cprindicates the base cost of tray, Nr

stands for the number of trays and Fnr denotes the correction factor.

Cr =Ny xFyyp xCy (A.14)
Cyr =(CE/622.5)468exp(0.486 x D,) (A.15)
N; =220 Fy=1
2.25 A.16
N, <20 N ST ( )
1.0414"
Table A.1. Specifications of different types of utilities and electricity cost [32
Utility Temperature [°C] | Cost [USD.GJ"]
LPS 160 13.28
Medium Pressure Steam (MPS) 184 14.19
High Pressure Steam (HPS) 254 17.7
Cooling Water 25 0.354
Electricity [USD.kW-_hr] 0.07




